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Abstract— The main objective in this work is to control design
predictive in the form of state space for a chemical multivariable
system. Our contribution is to implement this command by
introducing the matrix D (input / output coupling matrix) into
the control algorithms. This application will allow us to illustrate
and concretize the notion of prediction with a continuous binary
distillation system having state matrices D different from zero.
We simulate the system for different set point changes and
disturbance rejection. The obtained results have shown the best
of model predictive control performances.
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I. NOMENCLATURE
i . Stage number from bottom
n: Number of stages, including reboiler
Nyt - Number of stages, including condenser n+1
Ng : Feed stage
x,y . Liquid and vapour composition
yp : Composition of light component in distillate
xg . Composition of light component in bottom
z¢ : Feed composition
ge . Fraction of liquid in feed
M : Liquid holdup on stage i
Mp, Mg : Liquid holdup in condenser and reboiler

: Reflux flow

: Boil up flow

: Feed flow rate

: Distillate product flow rate

: Bottom product flow rate

: Relative volatility

. : Time constant for liquid flow dynamics

R wmon<r

Il. INTRODUCTION

Distillation is a wvery old separation technology for
separating liquid mixtures. It is today the most important
technique in chemical process industry, accounting for 90 to
95% of separation operations.

According to [1], distillation is a process in which a liquid
or vapour mixture of two or more substances is separated into
its component fractions of desired purity, by the application
and removal of heat.
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Improved control of distillation can have a significant
impact on reducing energy consumption, product purification.

The control of a distillation column can be difficult and
that due to the feed flow rate, feed composition, from the
cooling water etc.

Different strategies of control was proposed in the
literatures for many years [2]: internal model control method
(IMC) [3], ratio control [4,5], non-interacting control [4-6],
fuzzy control [7], p-synthesis method [8], linear-quadratic
Gaussian with loop transfer recovery (LQG/LTR) method [9],
Multivariable model predictive control [10], robust control
[11] but the proportional Integral derivative (PID) controllers
still represent the main of the controllers used in the industry.

There are many types of distillation columns based on
different classifications such as: batch, continuous, binary,
and multiproduct, extractive and azeotropic.

In this paper, the MPC (model predictive control) control
is studied on continuous binary distillation column. However,
due to the strong cross coupling and significant time delays
inherent to the distillation column, the simultaneous control
of overhead and bottom compositions using reflux flow and
boil up flow as the control variables is still difficult.

I1l. MULTIVARIABLE PREDICTIVE CONTROL IN THE FORM OF
STATE SPACE

The application of the MPC control law requires the
presentation of the model we need to control [10].

A discretization in the form of space of state of the
chemical multivariable system, it is written following form:

x(k+1)=A-x(k)+B-u(k)
{ y(k)=C-x(k)+D-u(k) 1)
Where:

x(k)e R™": contains n variables model states,

u(k)e™ u(k) € R™*: m describes the model inputs,

y(k)ewP2 y(k) e RP: p is the output vetor.

k eN : characterizes the discrete time (by definition, if T, is
the sampling period setting the continuous computer
controlled system. The matrices A, B and C are the state,
input and output respectely. The all-numerical state space
matrices in discrete time are given in equation 26 for a
sampling period T, =1min.


User1
Typewritten Text
International Journal of Control, Energy and Electrical Engineering (CEEE)
Vol.7 pp.67-72

User1
Typewritten Text
Copyright IPCO-2019
ISSN 2356-5608


Internationallournalof Control, EnergyandElectricalEngineering CEEE
Vol.7 pp.67-72

u(k)=u(k —2)+ Au(k) (2)
In which, au(k)is the control increment and the operator

A=1-z"! denotes the integral action which ensures static

error elimination [10-12].

Taking account of the integral action equation (2), we

replace u(k)in the expression equation (1), for the extended

condition (x,)as follows:

{Xe(k +1)= A 'Xe(k)"' Be -u(k) ©)
Y(k):Ce 'Xe(k)+ De 'U(k)

With the following notations:

ORI I Y

Be=[|ﬂ, Ce=[C D] De(k)=D

The state of the model is assumed to be available; the
starting point for calculating the predicted output vector
glk+ik)is given by the following expressions:
flk +1jk)= A-x(c)+ B-u(k) (5)

First, we calculate the controlu(k +i)iteratively from the

equation (2). Predictions of future states from time k are then
iteratively calculated [10]:

u(k +i)=u(k 1)+ ZAuk+I (6)

(4)

Predict the future states of the system, using equation (5) of
the instant k to k +i can be written as follows:

ZA' 1Bk + j) @)

flk +1jk)= A

Finally, the future outputs of the system using equations (3),

(7) of the instant k to k+1 can be written as follows:
9k +1)= 9lk + 1k )= cAl x(k)

a 1 i (8)
+ZOCA Bl u(k - 1+I2Auk+|
J \ -

)

u(k +Yj)

The cost function J to minimize at each sampling period is
to achieve the desired set-point (k +i)following the reference
trajectory y, (k +i) whose minimization provides the vector of
future control Au(k +i) [10-13]

J= Z||y(k+|) yr(k+|)||Q Wt Z ||AU(k+I)||R 0 ©)

i=N;

Here N; and N, are respectively the minimum and
maximum horizon of prediction; N, is the control horizon,
9(k+i)is described in equation (9), vy, (k+i)denotes the set-
point at time k +i.

The control signals au(k)result from the minimization of

the following quadratic objective function with the weighting
matrices Qj, Rj and the set point vr.
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The criterion to be minimized can be written in the
following matrix form:

_ R 2 2 10
I=|lrw Yr(k)"Qj (i)+"Au(k)"RJ—(i) (10)

The next step is to define the vector matrix form jau(x)|
predictions output by considering the expression (8) for
i =N, N, with the condition:

Au(k+i)=o0for i=n,

The predicted output vector becomes [10-13]:

§(6) = Y (k) = ¥ x(K)+ ©-u(k-1)+ ©, - Au(k)
In which:
¥ (k)= [l + Nglk), .., 9l + No )|
¥r(k)= [yrlk+ Nyfk), ..., yrl+ NoJk)] T (11)

Auk)=[Aulk),..., Au(k+ Ny 71)]T

c.AM h;l
w=|  |,e=| : Z CZA ell.B (12)
C<AN2 z -

N,-1

Where the state estimate %,(k)is obtained from the observer
(see Fig. 1):
)= A R 1)+ By - aulk)-+ K(yk)-Ce - e k) 13)
’A‘e(k)=(Ae -K ‘Ce)' ie(k)+(Be - KD)’AU(k)+ Ky

Ye(k+Ny)

Aum J. (K A B] YK
C D

r

%, (k+1) = (4, — KC,)%,(k) + (B, — KD)Au(k) + Ky

2o (k)

|—, k)

Fig. 1 The Control MPC in the form state based on the observer

The observer gain K is designed through a classical
method of eigenvectors, arbitrarily placing the eigenvalues of
A, —KC, in a stable region, with the same control gain matrix
L and a set-point pre-filter (F,) different that it uses by [10-
13]. As shown in Fig. 1, the control signal has the following
form:

Au(k): Fr 'Yr(k*'NZ)*L')A(e(k) (14)

The matrices set-point pre-filter states are given in the
form:

A (k)emnX(szNl)x (N, =N, ) , Bgr (k)EmPX(NZ*Nl) ,

Cr, (K)em™PNo~N) b (k) e em<P

_Op(NZ’Nl)' Ip(NZ*Nl) Op
Aer)- Op i O0-p(N,-N,-1) | Bl (prNl)p
(15)
70p 2— M1 Ip 2— ™M1
C,:r(k)=7 (N 0: 1)p Op'pi:z_:l)_l)},DFr(k)=u.N2—N1+1
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IV. CHEMICAL MULTIVARIABLE SYSTEM: MODEL OF THE
DISTILLATION COLUMN

The aim of the distillation column is to separate the feed F,
which is a mixture of a light and a heavy component with
composition zg, into a distillate product b with composition
yp , Which contains most of the light component, and a
bottom product B with composition xg , which contains most
of the heavy component [15].

For this objective, the column contains a series of trays that
are located along its height. The liquid in the columns flows
through the trays from the top to the bottom, while the vapour
in the column rises from the bottom to the top. The constant
contact between the vapour and liquid leads to increase the
concentration of the more volatile component in the vapour,
while simultaneously increase the concentration of the less
volatile component in the liquid.

The operation of the column requires that some of the
bottom product is reboiled at a rate of v to ensure the
continuity of the vapour flow and some of the distillate is
refluxed to the top tray at a rate of L to ensure the continuity
of the liquid flow.

Fig. 2 A series of trays in a distillation column

In general, the distillation column is separated into three

sections:

- Rectifying section: The more volatile component is
removed through contacting the rising vapour with the
down-flowing liquid.

- Feed section.

- Stripping section: the down-flowing liquid is stripped
of the more volatile component by the rising vapour.

The nonlinear model equations are [15-16]:

k d% =Lina-Li+Viii -V (16)

d(Mi %i)
dt

- Thatyield to:
et afata)

dt M;i
- While considering some auxiliary equations

ax;

yi= (t+a1 xii
Vi=Vig (18)

Lj = LO; +(Mi +M Oi)/TL +ﬂ(Vi,1 _Voi—l)

=LivaXiqa—LiXi +Vicayica -Viyi

(17)

- For the feed stage, we have: i=nf
Mnt
dt

d

=Lnfs1—Lnf +Vnf_1—Vnt +F (19)
(Mt xor)
dt

d = Lnf+1Xnf+1 — Lnf Xnf+1+Vnf -1 Xnf—1 —Vnf Xnf +FZE
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- For the total condenser, where: i=NT =n+1,

(MN+1:MDv Lna=lo, XN+1:yD)
Mni1
d%:vnfLwl—D (20)
M
¢ Mo xp) DtXD) =Vn¥n - ¥p(Lp + D)

M, =C®, according to the previous auxiliary equations (18):
V= (LD + D)

- Forthe reboiler at i=1,(M,=Mg, V;=Vg=V,x =xg )

( dM—tB:LZ—Vl—B (21)

d(,vlzithg= Lo xo —Vgy1 —BXxp

Mg =C®, according to equations (18): Ly=(L; +B)
- For the second stage, we have:i=2

d*ZLg—LZ +V2 —Vl (22)

- At Stripping section, we have: 2>i>nf -1

{ d%:LH—l_Li +Vi_1 -V (23)

M; x; .
di( : I)=Li+1xi+1*|-ixi +Vic1Yi—1—Viyi

- Atrectifying, we have: nf +1>i>n

M .
dgp =Lisa-LitVia-Vi (24)

d(MiXi):
dt

- For the stage before last, we have:i=n

LivaXisa —LiXi +ViaYi-a—Viyi

M
d Ttn =Llha—Ln+Vha-Vn (25)

=Ln+1Xn+1 — Lo Xn +VnaYn1—Vn ¥n

Condenser

MBI (\-f'\‘ Cond hold
M) ondenser holdup

% D.yp

Top product (distillate)

Boilup V| _2

4 Reboiler holdup

Reboil i
eboiler @ Bxs __ Bottom product (residue)

Fig. 3 Distillation unit scheme
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In this work, we use a particular high purity distillation
column with 40 stages (39 trays and a reboiler) plus a total

condenser is considered (Fig. 3).

There are four output variables in the distillation column:

- Composition of distillate (yp).

- Composition of bottom product (xg).
- Liquid holdup in condenser (Mp).

- Liquid holdup in reboiler (Mg).

The two outputs liquid holdup in (Mpand Mg ) have been

controlled by proportional-controllers.

There are seven input variables in the distillation column:

- Reflux flow(L).
- Boil-up flow(v).

These two manipulated variables L and v are independent

for composition control.
- Distillate product flow rate (D)
- Bottom product flow rate (8).

We can use the L—V configuration of stabilizing the
column system, where we operation D to control My and B

to control Mg ..
- Feed rate (F).
- Feed composition (zg).
- Fraction of liquid in feed (g ).

These last three variables are considered as disturbances.

/;eﬂux ﬂﬁ:uw'I

—Boilup flow,] .
Binary
Input feed Distillation
te 7 i3 oW
variables — " column

Fraction of ,

Liquid in feed
Feed

R —r——
Qmpositinn

'\

Top
composition

Bottom
composition

_/

Output
variables

Fig. 4 Distillation process input and output variables

The matrices A, B, C and D are the state, input, output and

feedforward respectively.

[0.1673 —0.0910 —0.5766
0 —0.1541 0.4966 0.2724
Al © —0.5586 0.0807
0 0 0
0 0 0 )
| o 0 0 )
[-0.3575 -0.1985
0.0322 —0.0154
g_| 06399  0.1240
0.2931 —0.1355
0.7093 —0.6978
| -0.0631 0.2862
C:[0.1933 0.1705 -0.0333
1.2511 -0.0161 0.1547 0.3080
0.0124 0.0138
- [0.0790 0.0055}
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0.1779 0.002 0.0305
—0.0373
—0.2798 —-0.0027 0.0828
0.7760 0.0011
0.9948 —-0.0023
0 0.9274

—0.0012

0.0273 0.6331 0.2664
—0.2328

—0.7827

0.0085

(26)

V. SIMULATION RESULTS AND DISCUSSION

In the design of the MPC controller, a difficult
compromise has to be made between the set point tracking
and load rejection performance.

The parameters of the MPC: n=6,m=2, p=2.

The weighing matrices:QJ- =1079- 1 pr Rj=Im-

A. Simulation of a set point change in the distillate

In this part, the set point of the composition in bottom (xg)
is fixed to 0.01 mole fraction.

The simulation was conducted for three set points:

For the first set time point t =[0—100]min, the set point of
the composition in distillate (yp) is equal 0.99 mole fraction.
The second one, t=[100—200] min, the set point of the
composition in distillate (yp) is equal 0.992 mole fraction.

The last one t=[200—300] min, the set point of the
composition in distillate (yp) is equal 0.994 mole fraction.

13- S SO —

Set point y,,
--=- ¥, with MPC controller

0993+

0.9925:

0.9915 oo S

0.991;

0.9905+

Product composition y, (mole fraction)

L e T
0.989 - i |
0 50 100 150 200 250 300
Time (min)
Fig. 5 Composition of light component in distillate
0.025 T T T T
= H : H —— Set point x;
2 ——y with MPC controller
ﬁ 0.02
®
]
E 0015
o=
§
g
w 001
g
E
g
3 0.005
E
£
-8
0 i i | | i
o 50 100 150 200 250 300

Time (min)
Fig. 6 Composition of light component in bottom

The Fig. 5 shows that the response of Composition of light
component in distillate is satisfying in all intervals operation.

B. Simulation of a set point change in the bottom

In this part, the set point of the composition in distillate
(yp) is fixed to 0.99 mole fraction.

The simulation was conducted for three set points:

For the first set time point t =[0—100]min, the set point of
the composition in bottom (xg ) is equal 0.01 mole fraction.

The second one, t=[100—200]min, the set point of the
composition in bottom (xg ) is equal 0.012 mole fraction.

The last one, t=[200—300] min, the set point of the
composition in bottom (xg ) is equal 0.014 mole fraction.
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0.893 T T
T : '
] :
] L e Set point y,
2 S N pus— ¥, with MPC controller
g o091
=
S 099 s 4
=
S
g
E 0989 b
H
[
T
3 0.9881--
g
a H H

i i i -
0.9870 50 100 150 200 250
Time (min)

Fig. 7 Composition of light component in distillate

300

L T T IR

0.013 Set point x,;

(YT ISR S —

P T T | E— A

0.01

Product composition Xy {mole fraction)

==== X, with MPC controller

0.009 L i L i
(] 50 100 150 200 250

Time (min)

Fig. 8 Composition of light component in bottom

300

The Fig. 8 shows that the response of Composition of light
component in bottom is satisfying in all intervals operation.

Figs. 5-8 illustrate the effect of the multivariable coupling
at the instant of change of set points applied to the first (yp)

and the second set point (xg) .

The predictive multivariable controller on the distillation
column shows that the interactions between control loops are

eliminated (see Figs. 6-7)

C. Simulation with Disturbance Rejection

The system added a continuous disturbance step of 0.1

mole fraction after 150 min, as shown in the Figs. 9, 10.

Es ; ; Set paint y,
E 12 i ‘ —yuwiI}fMPCcommller
2 : : H
S ; ; ‘
E 11~
2
§ 1= H A
=
%
2 o9 u
E
I
|| S U : RN S S 4
g
B o7
-9 : : H

06 ! i I i

[} 50 100 150 200 250
Time (min)
Fig. 9 Composition of light component in distillate

15 - . T

300

T
—— Set point x,,
-=-=-- Xg with MPC controller

T

2

T

£

2

]

£ 0.5

=

£ :

Iﬁ ” H

g T H

E b i

] | :

G | :

R S i

o :

g :

& : H
A i | I i i

[ 50 100 150 200 250
Time (min)

Fig. 10 Composition of light component in bottom
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The MPC controller was able to reject the disturbance and
has a small overshoot in the distillate and bottom
compositions as shown in figs. 9, 10.

Figs. 11, 12 show the variations of the two manipulated
variables: reflux flow rate (L) and steam flow rate (v) during
the operation using controller to improve the system
responses both for set point tracking and disturbance rejection.

32

31

—t

w

n

[
]

»
v

Reflux flow (kmol/min)

MoN
n o

N
kS

1 a i a
50 100 150 200 250 300
Time (min)

N
w

o

Fig. 11 Reflux flow applied with MPC controller

37 -

boilup f
I @
- -

[ —————

i | | I
0 50 100 150 200 250 300
Time (min)

Fig. 12 Boilup flow applied with MPC controller

In Figs. 11-12, the MPC controller has an effect
anticipatory on the two outputs of system with minimal future
control.

V1. CONCLUSIONS

In this paper, we have used the multivariable MPC
controllers to perform reference tracking and disturbance
rejection in the distillation column. Changes in the discrete
time observer predictive control algorithm have been made in
such a way as to take into account that the matrix D is
nonzero of the multivariate system of the distillation column.

We show that the two desired set points are exactly
satisfied in the presence of disturbance, interaction and time
delay, which demonstrates the effectiveness of the controller.

REFERENCES

[1]  N. P. Cheremisinoff, Handbook of chemical processing equipment.
Elsevier, 2000.

[2] 1. K. MEKKI, M. BOUHAMIDA, M. BENGHANEM and R.
KESSAS, “PI Control for Distillation Column”. Proceedings of the
International Conference on Automation and Mechatronics CIAM’11,
22-24 November 20011, Oran.

[3] M. Morari and E. Zafiriou, Robust Process Control, Prentice Hall,
Englewood Cliffs, NJ, 1989.

[4] D. Seborg, T. F. Edgar, and D. A. Mellichamp, Process Dynamics and
Control, John Wiley & Sons, New York, NY, 1989.


User1
Typewritten Text
International Journal of Control, Energy and Electrical Engineering (CEEE)
Vol.7 pp.67-72

User1
Typewritten Text
Copyright IPCO-2019
ISSN 2356-5608


Internationalournalof Control, EnergyandElectricalEngineering CEEE

Vol.7 pp.67-72

[5]

[6]
[71

(8]
[9]

[10]

[11]

[12]

[13]

[14]

CopyrightIPCO-201¢
ISSN 2356-5608

R. K. Wood and M. W. Berry, “Terminal composition control of a
binary distillation column,” Chemical Engineering Science, vol. 28, pp.
1707-1717, 1973.

W. H. Ray, Advanced Process Control, McGraw-Hill, New York, NY,
1981.

R. Stenz and U. Kuhn, Automation of a batch distillation column
using fuzzy and conventional control, IEEE Trans. on Control Systems
Technology, vol. 3, no. 2, pp. 171-176, 1995.

H. E. Musch and M. Steiner, “Robust PID control for an industrial
distillation column,” IEEE Control Systems, pp. 46-55, August 1995.
C. Zhou, J. R. Whiteley, E. A. Misawa, and K. A. M. Gasem,
“Application of enhanced LQG/LTR for distillation control,” IEEE
Control Systems, pp. 56-63, August, 1995.

I. K. Mekki, M. Bouhamida, and M. Benghanem, Comparative study
of predictive multivariable control and decentralized control for a
distillation column, International Review of Automatic Control
(IREACO) 6.4 (2013): 513-520.

I. K. Mekki, M. Bouhamida, and M. SAAD, Robust control of a
chemical multivariable system in the presence of strong uncertainties
in the model parameters. International Review of Automatic Control,
2018, vol. 11, no 4, p. 166-173.

A. K. Abbes, F. Bouani, M. Ksouri, A Microcontroller
Implementation of Constrained Model Predictive Control,
International journal of electrical and electronics engineering, vol.
5(n0.3):199-206, summer 2011.

C. STOICA, Robustification de lois de commande prédictives
multivariables, Ph.D. dissertation, Dept. Physic, Paris-Sud Univ., Paris,
France, 2008.

C. Stoica, P. Rodriguez-Ayerbe, D. Dumur, Off-line Method for
Improving Robustness of Model Predictive Control Laws, Control
Engineering and Applied, Informatics, vol. 9(no.3-4):76-83, December
2007.

[15]

[16]

D.J.N. Limebeer, The specification and purpose of a controller design
study, In Proceedings of the 30th IEEE Conference on Decision and
Control, Brighton, UK, December 1991, 1579 to 1580.vol.2.

GU, Da-Wei, PETKOV, Petko, et KONSTANTINOV, Mihail
M. Robust control design with MATLAB®. Springer Science &
Business Media, 2005.

TABLE |
UNITS FOR COLUMN DATA

Symbol Quantity | Units
n 40
Niot 41
ng 21
F 1 (kmol/min)
Zp 0.5 (mole fraction)
D 0.5 (kmol/min)
B 0.5 (kmol/min)
L 2.70629 (kmol/min)
\Y 3.20629 (kmol/min)
a 15
YD 0.99 (mole fraction)
Xg 0.01 (mole fraction)
Mij 0.5 (kmol)
T 0.063 (min)
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